Methane dehydroaromatization (MDA) is attracting considerable interest from both academia and industry because of its potential in the conversion of methane into chemicals and liquid fuels. [1] Compared to the conventional liquid fuels production based on Fischer-Tropsch technology from syngas (CO + 2 H 2 ), MDA provides a simple, straightforward, and economic pathway from methane to aromatic hydrocarbons without intermediate steps. Intensive efforts have been devoted to the development of suitable catalysts, such as Zn/HZSM-5, [2] Fe/HZSM-5, [3] and Ga/HZSM-5, [4] and encouraging progress has been made, especially on Mo/ MCM-22, [5] Mo/HMCM-49, [6] and Mo/HZSM-5. [2, 7] Challenging problems still exist, such as the rapid catalyst deactivation by coke and the limited methane conversion, which hinder the industrialization of MDA. [8] To overcome the equilibrium limitation of Reaction (1), it is proposed that the generated hydrogen can be removed by hydrogen-permeable membranes (metal alloys, zeolite or other molecular sieves, proton/electron conducting ceramics).
[9] Using a Pd-coated Nb-Ta membrane, the methane conversion could be increased from 3.8 % to 9 % at 600 8C; however, hydrogen removal resulted in accelerated coking. [9b] Thermodynamically favorable is the substitution of the nonoxidative MDA according to Reaction (1) by the oxidative MDA according to Reaction (2).
Additionally, the latter has been demonstrated to be efficient in suppressing the coke formation by the presence of oxygen and steam. [10] However, the presence of stoichiometric oxygen concentrations inhibits the formation of molybdenum carbide, the active catalyst component essential for the formation of aromatic compounds. [7a, 11] As a result, side reactions such as the total and/or partial methane oxidation and the oxidative coupling of methane can become predominant, and the target product selectivity decreases. To manipulate the incompatible reactions mentioned above in the presence of oxygen, various oxygen introduction strategies have been proposed. For example, previous work suggested a mode in which minor amounts of oxygen or soft oxidants were co-fed together with methane. [10, 12] Nevertheless, this concept suffers from a significant decrease of the aromatic productivity starting already for a low oxygen concentration in the fed methane, for example, less than 1 % at 700 8C. Furthermore, from safety aspect, the avoidance of hot spots or even explosions in such co-feeding mode should also be considered.
To obtain an improved MDA with increased methane conversion with an acceptable aromatic compound selectivity and better coking resistance, oxygen has to be finely distributed and continuously fed into the reactor, for example by using an oxygen-transporting membrane. [13] Recently, we developed a series of membranes for versatile applications, for example, CO 2 capture integrated in oxy-fuel power plants, [14] direct decomposition of NO and NO 2 , [15] and the coupling of two reactions such as water splitting with the partial oxidation of methane/oxidative dehydrogenation of ethane. [16] Herein we integrate the oxygen generation and MDA in a membrane reactor system, which is considered to offer a significant advantage for MDA. As illustrated in Figure 1 , in the membrane reactor, oxygen permeates from the air side to the hydrocarbon side, where it is consumed in MDA. In contrast to the conventional co-feeding of gaseous O 2 in the fixed-bed reactor, here oxygen is continuously fed into the reaction chamber by the oxygen-permeable membrane; a higher ratio of the oxidative MDA to side reactions can be expected without oxidative destruction of the active catalyst component Mo 2 C. Furthermore, the presence of oxygen and the production of steam by hydrogen combustion should suppress the coke formation and extend the lifetime of the catalytic system. The membrane reactor used in this work is based on asymmetric oxygen transporting Ba 0.5 Sr 0.5 Co 0.8 Fe 0.2 O 3Àd (BSCF) perovskite membrane consisting of 20 mm thick BSCF dense layer on a porous BSCF support (Supporting Information, Figure S1 ). [17] As the catalyst we used an established bifunctional Mo/HZSM-5 (Si/Al = 27, weight % Mo = 6).
We performed the experiments in both a fixed-bed reactor (FR) and membrane reactor (MR) to observe the direct effect of oxygen supply via the membrane on MDA. First, both reactors were purged for 2 h with He, and then methane was supplied. In the case of MR, 1 h after the methane supply the air supply started. That is to say, in the membrane reactor the MDA proceeded without oxygen permeation in the first hour, and then oxygen was supplied via the membrane. Figure 2 presents the methane conversion obtained in the MR and the FR as a function of time at 750 8C. The methane conversions in both reactors were comparable in the first hour. However, immediately after the oxygen permeation started in the MR, the conversion of methane increased and became higher than that in the FR with time on-stream. The main reason is that the MDA is thermodynamically more favorable in the presence of oxygen, thus the equilibrium of the reaction is shifted to the product side when the permeated oxygen in situ oxidizes the hydrogen liberated from the MDA reaction. Furthermore, the generation of steam reduces coking and extends the lifetime of the catalyst. As a result, the usual deactivation of the MDA catalytic process proceeds more slowly in the MR. Figure 3 a shows that the selectivity of aromatic compounds drops sharply in both reactors with time on-stream. However, whereas the selectivity in the FR continuously dropped with time on-stream, in the case of MR it reached a plateau. Whereas the selectivity of aromatic compounds in the FR was only 10 % after 1000 min time on-stream, the MR still shows a selectivity of about 30 %. Thermodynamically, , and F He = 9 cm 3 min À1 ; MR: methane side, F CH4 = 10 cm 3 min À1 , F Ar = 1 cm 3 min
À1
, and F He = 9 cm 3 min À1 ; air side F Air = 30 cm 3 min À1 ). Oxygen supply (air feed) began in the MR 1 h after starting the MDA reaction with dosing methane. , F Ar = 1 cm 3 min À1 and F He = 9 cm 3 min À1 ; MR: methane side, F CH4 = 10 cm 3 min
, F Ar = 1 cm 3 min À1 and F He = 9 cm 3 min À1 ; air side F Air = 30 cm 3 min À1 ). Oxygen supply (air feed) began in MR 1 h after starting the MDA reaction with dosing methane. S(C 2 ) is around 1 % and not presented here.
the partial/total oxidation of methane under oxidative conditions is more favorable than the oxidative dehydroaromatization of methane. As a result, partial methane was oxidized to CO x (see Figure 3 b ), which decreased the aromatic compound selectivity. Nevertheless, the MR still showed a superior selectivity over the FR, indicating that the presence of oxygen has not damaged the catalyst, especially the active compound Mo 2 C. With increasing time on-stream, the selectivity in both reactors decreases, however, the MR shows a much higher resistance towards catalyst deactivation owing to the presence of oxygen and steam, as discussed below.
The higher methane conversion and higher selectivity aromatic compounds in the MR compared with the in the FR gives higher yield of aromatic compounds in the MR (Table 1) . After 200 min, the yield of aromatic compounds in MR is 30 % higher than in the FR, after 500 min by 200 %.
In contrast to the poor yield of aromatic compounds (< 1 %) of the FR after about 600 min, the yield is still about 3 % in the MR with increasing time on-steam. Based on this experimental finding, it can be concluded that the oxygen addition via the perovskite BSCF membrane is an effective way to enhance the performance of MDA.
To qualify the advantage of supplying oxygen via the membrane, we conducted also the oxidative MDA in the FR by co-feeding oxygen and methane. 0.4 cm 3 min À1 gaseous O 2 was fed into the fixed bed after the reactor had been conditioned for 1 h with methane to form the active catalyst phase Mo 2 C. As shown in Figure 4 , the selectivity of aromatic compounds decreases dramatically for the FR with gaseous oxygen from 85 % to 5 % after 100 min, but for the MR only from 85 % to 40 %. This finding can be explained by the oxidative destruction of the Mo 2 C catalyst in the oxygen cofeed FR. Normally, Mo 2 C catalysts tend to deactivate towards MDA when the O 2 /CH 4 molar ratio concentration exceeds a critical value for a given temperature because of the oxidation of the active catalyst component Mo 2 C of the Mo/ HZSM-5 catalyst, which interrupts the production of aromatic compounds immediately. According to Yuan et al., the critical value at 750 8C is around 0.02. [10] Therefore, the introduction of 0.4 cm 3 min À1 gaseous O 2 (O 2 /CH 4 molar ratio = 0.04) results in a rapid deactivation of the catalyst and the formation of aromatic compounds stopped immediately in the FR (Figure 4 ). In the MR, the amount of oxygen calculated based on the CO and CO 2 at outlet is higher than 0.4 cm 3 min À1 , indicating that the oxygen permeation flux is higher than 0.4 cm 3 min À1 and the ratio of O 2 /CH 4 is above 0.04. Nevertheless, the aromatization reaction still proceeds and the yield of aromatic compounds in the MR is higher than that in the FR, suggesting this critical value was increased at least to 0.04 when the oxygen was supplied in the MR by the BSCF membrane instead of using gaseous oxygen as co-feed in the FR.
The coke selectivities in the MR and the FR (see Figure 3 b) in both cases increase with time on-stream. However, as expected, the coke selectivity in the MR is much lower than that in the FR. The coke selectivity in the FR is mostly higher than 60 % and increasing with time, but the coke selectivity in the MR was found to be only around 10 % and showing an only slight increase with time. The CS-2000 automatic analyzer which allowing the rapid determination of the carbon content in catalysts was employed to determine the carbon deposition on the spent catalysts from both reactors. It was found that the carbon content in the spent catalyst from FR was around 12 wt % after 40 h, and the catalyst from MR had only a carbon content of 1.2 wt %. These results demonstrate that the coke formation was efficiently suppressed in the MR.
Despite an improved performance in our MR, a slow deactivation of the catalyst was still observed. To elucidate the reason for this deactivation, the spent catalyst (40 h) from the MR was characterized by SEM. As shown in the Supporting Information, Figure S2 , fiber-like particles were dispersed on the spent catalyst surface. EDXS revealed that these fiber-like particles are mainly composed of carbon, indicating that the coke is probably still the reason for the catalyst deactivation in the MR. ). In the case of the membrane reactor (MR), oxygen was supplied from air through the BSCF membrane (MR, methane side, F CH4 = 10 cm 3 min À1 , F Ar = 1 cm 3 min
, and F He = 9 cm 3 min À1 ; air side F Air = 30 cm 3 min À1 ); Mo/HZSM-5 (0.2 g, 6 wt %) was used in both reactors. Oxygen supply (air feed) or O 2 feed began 1 h after starting the MDA reaction with dosing methane.
In summary, the work presented here demonstrates a new concept to transform natural gas into liquids via improved methane dehydroaromatization using an oxygen-permeable membrane. The addition of oxygen by the membrane improves the methane conversion and the selectivity of aromatic compounds, and results in a lower deactivation of the catalyst in the membrane reactor. Therefore, the methane aromatization in the membrane reactor with oxygen dosing gives a better yield of aromatic compounds (benzene, toluene, and naphthalene) and a longer durability than in the fixedbed reactor.
Experimental Section
The asymmetric BSCF membrane was prepared by tape casting followed by sintering. More details can be found in previous reports. [17a, 18] The effective membrane area was 0.28 cm 2 ; more detail can be found in the Supporting Information.
